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An experimental and computational study is presented on the hydrodynamic charac-
teristics of FCC particles in a turbulent fluidized bed. Based on the Eulerian/Eulerian
model, a computational fluid dynamics (CFD) model incorporating a modified gas-
solid drag model has been presented, and the model parameters are examined by using
a commercial CFD software package (FLUENT 6.2.16). Relative to other drag models,
the modified one gives a reasonable hydrodynamic prediction in comparison with ex-
perimental data. The hydrodynamics show more sensitive to the coefficient of restitu-
tion than to the flow models and kinetics theories. Experimental and numerical results
indicate that there exist two different coexisting regions in the turbulent fluidized bed:
a bottom dense, bubbling region and a dilute, dispersed flow region. At low-gas veloc-
ity, solid-volume fractions show high near the wall region, and low in the center of the
bed. Increasing gas velocity aggravates the turbulent disorder in the turbulent fluidized
bed, resulting in an irregularity of the radial particle concentration profile. VVC 2009
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Introduction

Fluidization is widely used industrially because of its con-
tinuous powder handling ability, vigorous gas-solids contact-
ing, and favorable heat- and mass-transfer characteristics. In
some industrial fluidized-bed applications where minimizing
entrainment and maximizing gas throughput lead to
improved reactor performance, the turbulent fluidization flow
regime is a feasible operating mode for applications, e.g., for
fluid catalytic cracking (FCC) regenerators, noncatalytic
fluidized-bed reactors and particle drying.1

Turbulent fluidization has only been widely recognized as
a distinct flow regime for the past two decades, occurring
between the bubbling and the fast fluidization regimes.2–6 As
the gas velocity is increased from the bubbling regime into
the turbulent regime, a different behavior is observed, in par-

ticular a diffuse bed surface, turbulent motion of solids clus-
ters and voids of irregular shapes.7 A turbulent fluidized bed
is characterized by two different coexisting regions: a bottom
dense, bubbling region and a dilute, dispersed flow region.2

The second characteristic of the turbulent fluidization is the
high value of the dispersion coefficients for the solids. Du
et al.5,8 reported that the dispersion coefficients in the turbu-
lent regime are much higher than in the neighboring flow
regimes. Bi et al. 4 presented a comprehensive review of the
turbulent fluidization. Much valuable information on turbu-
lent fluidization, such as existence of and transition to turbu-
lent fluidization, gas-solids mixing, heat and mass transfer,
solids entrainment in turbulent fluidized beds and modeling
and reactor performance, were summarized in that review
article; the aspects that need to be advanced in the future
were also addressed. Ellis et al.9 carried out an experimental
study of the hydrodynamics of gas-solid turbulent fluidized
beds of FCC particles in columns of diameter 0.26, 0.61 and
1.56 m, and the scale-up effects in turbulent fluidized beds
were investigated. Relative to the adjacent two flow regimes,
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turbulent fluidization has received much less attention due to
the challenges of experimental and theoretical work related
to this flow regime.

With the increase of computational power, computational
fluid dynamics (CFD) offers a fresh approach to understand
the hydrodynamics and transfer mechanisms in multiphase
flows. Based on the two-fluid model and a modified gas-
solid drag model, a CFD model of turbulent flow has been
developed and the hydrodynamics were predicted in the tur-
bulent fluidized bed,1,10 although receiving much less atten-
tion than the adjacent flow regimes of bubbling and fast flu-
idization. The basic features of this flow regime were thus
captured. The profiles of the velocity and volume fraction of
the gas and solid phases have been obtained and shown to
be in reasonable agreement with the experimental data.
Moreover, some items such as granular temperatures, strong
anisotropy and frequencies of oscillations, which cannot be
obtained or are hard to obtain in laboratory conditions, were
easily estimated using CFD tools. The use of CFD in the
field of fluidization pushed the frontiers of fundamental
understanding of fluid-solid interaction and enabled the cor-
rect theoretical prediction of various macroscopic phenom-
ena encountered in fluidized bed.

For the design and optimization of a turbulent fluidized
bed reactor, a better understanding of its hydrodynamics is
required. For this purpose, a pilot-plant scale gas-solid fluid-
ized bed has been built and the turbulent flow behavior of
FCC particle (Geldart Group A) is thus, investigated experi-
mentally. Furthermore, a modified drag model is proposed
on the basis of an effective mean diameter of particles clus-
ters together with the bed voidage profile. By incorporating
it into a CFD code (FLUENT 6.2.16), an Eulerian/Eulerian
two-fluid model for turbulent gas-solid fluidized bed contain-
ing FCC particle is developed. The gas-solid flow behaviors

in the turbulent fluidized bed are predicted and compared
with the experimental data. Comparison of the simulation
and experimental results may further validate the feasibility
of the CFD model, and subsequently gives insight into the
improvement of a turbulent fluidized-bed reactor.

Experimental Apparatus, Materials and
Procedure

All experiments of this study are carried out in a plexi-
glass gas-solid fluidized bed of size 500 mm I.D. and 4 m
height, as shown in Figure 1. The fluidized bed is also
equipped with a high-pressure drop perforated distributor
and cyclones. Fluidizing air flow rates are regulated by a set
of rotameters. The pressure profiles within the fluidized bed
are measured by the U-tube water manometers together with
the DDY-type pressure sensors. Bed heights are measured
directly by setting a ruler along the plexiglass bed.

FCC catalyst with a density of 1500 kg/m3 and Sauter
mean diameter of 60 lm is used as the experimental particle.
Its properties are reported in Table 1. Air is employed as the
fluidization gas. Its density and viscosity are 1.225 kg/m3

and 1.7 � 10�5 kg/m�s, respectively.
Initially, a certain amount of FCC particles are filled in the

fluidized bed with a given bed height. Air is then introduced
into the fluidized bed through gas distributor to completely flu-
idize the FCC particles. During a stable operation, some FCC
particles can be entrained and then leave the fluidized bed. Af-
ter being separated in the cyclone, the solids descend down-
ward through the dipleg and then return to the fluidized bed.

CFD Model for Turbulent Gas-Solid
Fluidized Beds

Governing equations

Due to the high particle concentrations in gas-solid turbu-
lent fluidized beds the particle-particle interactions cannot be
neglected. Moreover, the solid phase has similar properties
to a continuous fluid. By using the kinetic theory of granular
flows,11,12 the viscous forces and the solid pressure of the
particulate phase can be described as a function of the so-
called granular temperature. Therefore, the Eulerian model
using the kinetic theory for granular flow has shown its suit-
ability for modeling dense gas-solid fluidized bed reactors.

In this article, a commercial CFD package (FLU-
ENT6.2.16)13 is used to carry out the simulation work, and
the governing equations in Eulerian notation are given in
Table 2.

Drag laws for turbulent fluidized beds of FCC particles

b in the momentum equation is the interphase drag coeffi-
cient between the gas and FCC particle phase, which is a

Figure 1. Scheme diagram of experimental apparatus
of the turbulent gas-solid fluidized bed.

Table 1. Properties of Experimental FCC Particle

Size range lm 20-130
Mean diameter lm 60
Particle density kg/m3 1500
Minimum fluidization velocity m/s 0.0047
Terminal velocity m/s 0.58
Geldart Group A
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key parameter for the successful simulation of the hydro-
dynamics in a turbulent fluidized bed.

Several drag models have been developed to express the
interactions between the particles and the gas in fluidized
bed based on packed-bed measurements,16 settling experi-
ments,17,18 and fluidized-bed experiments.19 Many research-
ers have successfully performed circulating fluidized beds
simulations of FCC particles or bubbling fluidized-bed simu-
lations of the more coarse Geldart B particles with various
model validations. However, there are few successful simula-
tions reported on the bubbling or turbulent beds of Geldart
A particles.20,21 They always observed severe overestimation
of bed expansion in the bubbling bed and underestimation of
bed density in the turbulent bed, respectively. McKeen and
Pugsley21 reported that the generally poor simulation results
for Geldart A particles can be attributed to the existence of
significant interparticle forces due to the van der Waals
attraction. The existence of cohesive interparticle forces
would lead to grouping of particles, resulting in larger effec-
tive particle sizes, and hence reduced fluid-particle drag
forces.

Qi et al.22 claimed that the present drag correlations were
suitable only for lower gas velocities and coarse particles, in
which case the terminal velocity was equal or close to the
superficial gas velocity. O’Brien and Syamlal23 also reported
that these drag correlations must be corrected to account for
cluster effects for fine particles (Geldart A particle). For this
reason, some modifications on the gas-solid drag force model
have been proposed to accounting for the aggregation of
FCC particles due to the interparticle forces. Syamlal and
O’Brien18 introduced a method to modify their drag law
based on the experimental pressure drop data and the mini-
mum fluidization velocity of the particles by adjusting the
model parameter of P and Q. This model was reported to be
reasonable for finding suitable values for the drag adjust-
ment, when applied to a bubbling fluidized bed of FCC
particles.24,25

Considering the critical effect of the particle clusters or
strands on the drag coefficient, Yang et al.26,27 presented a
drag model based on the energy-minimization multiscale
(EMMS) approach. With that drag correlation, the dynamic
formation and dissolution of the clusters can be predicted,

Table 2. Governing Equations

Gas-phase continuity equation
@ðagqgÞ

@t
þ @

@xj
ðagqgug jÞ ¼ 0

Solid-phase continuity equation
@ðapqpÞ

@t
þ @

@xj
ðapqpup jÞ ¼ 0

ap þ ag ¼ 1

Gas-phase momentum equation @
@t
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@xj
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@p
@xi

þ @sg;ij

@xj
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@xj
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@xi
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@xj
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which suggests the feasibility of the EMMS approach to be
used as a subgrid closure law for drag coefficient. Using the
EMMS approach,1 the CFD model with a drag corrected for
clusters achieved the basic features of the turbulent fluidized
bed of FCC particles: the dilute and dense regions, high-dis-
persion coefficients and a strong anisotropy. However, the
simulation with the EMMS drag overpredicted the solid vol-
ume fractions at the bottom of the bed by a factor of about
three.

McKeen and Pugsley21,28 and Sharma et al.29 also pro-
posed an empirical method to reduce the Gibilaro drag corre-
lation30 using a constant scale factor. The scale factor could
be adjusted to take into account the effect of interparticle co-
hesive forces on particle agglomeration. McKeen and Pugs-
ley21,28 found that the Gibilaro drag model30 with a correc-
tion factor of 0.25, corresponding to an effective particle ag-
glomerate diameter in the range of 135 to 170 lm for FCC
particles of actual 75 lm mean diameter, could adequately
predict the bubbling fluidization behavior observed experi-
mentally.

The idea of using an effective agglomerate or cluster di-
ameter for FCC particles has existed for some time. Arastoo-
pour and Gidaspow31 defined an effective cluster diameter to
fit their one-dimensional (1-D) hydrodynamic FCC riser
model to experimental data. Recently, Lettieri et al.32 ana-
lyzed the homogeneous expansion data for FCC particles in
terms of the Richardson-Zaki equation. In air at 20�C, the
experimentally obtained terminal velocity, u�

t , is much higher
than the calculated one (ut). If a homogeneous bed was
assumed to be characterized by the presence of clusters, the
diameter of the cluster, d�

p, can be back-calculated from the
experimental u�

t values. Lettieri et al.32 also calculated effec-
tive cluster diameters in the range of 200 to 474 lm for
FCC catalysts with Sauter mean diameters from 49 to 71 lm
in their work.

Based on the aforementioned research, an effective mean
diameter of 300 lm (d�

p, the diameter of particle clusters) is
obtained instead of the actual 60 lm FCC particle to modify
this drag force model in this work. This modification com-
bines the influence of interparticle forces, and hence the
effect of particle agglomeration on the drag force.

In addition, as aforementioned, when the gas velocity

increases from the bubbling regime into the turbulent re-

gime, turbulent motion of solids clusters and voids of irregu-

lar shapes are observed. A turbulent fluidized bed is charac-

terized by two different coexisting regions: a bottom dense,

bubbling region and a dilute, dispersed flow region.2 The

gas-solid drag force is intrinsically dependent on the bubble

motion and void profiles of a fluidized bed. According to the

turbulent flow behavior of FCC particles and void fraction

profile observed in experiment, four zones (dense phase, sub-

dense phase, subdilute phase, and dilute phase zone) can be

identified in a turbulent fluidized bed. The void fraction of

0.933, corresponding to the bed density of about 100 kg/m3,

can be used as the dividing criteria for the dense and dilute

phase. In the dense phase zone (ag � 0.80) and subdense

phase zone (0.8 \ ag � 0.933), the Ergun drag model16 and

the ZP drag model10 modified with effective mean diameter

of 300 lm are used, respectively. The ZP drag model used

in this work is based on the modification of the drag coeffi-

cient for a single particle (CD), with a correction function

(f ðagÞ ¼ 1

10:8ð1�agÞ0:293) proposed by Matsen.33,34 In the dilute

phase zone (0.990 \ ag � 1.00) and subdilute phase zone

(0.933 \ ag � 0.990), the Schiller and Naumann35 and the

Wen and Yu drag model19 are employed, respectively. These

drag force correlations are summarized in Table 3.
To avoid discontinuity of these equations, Lu et al.36

introduced a switch function that gave a smooth but rapid
transition from one regime to the other

Table 3. Flow Zones Classification and its Drag Force Correlation

Void fraction Drag force model Drag force coefficient

�0.80 Ergun b1 ¼ 150
ap 1�agð Þlg

ag d�pð Þ2 þ 1:75
qgap u

*
p�u

*
g



 


d�p

0.8-0.933 ZP b2 ¼ 5
72

CD
apagqg u

*
p�u

*
g



 


d�p ð1�agÞ0:293

CD ¼
24

Re�p
ð1 þ 0:15Re�0:687

p Þ ðRe�p � 1000Þ
0:44 ðRe�p > 1000Þ

(

Re�p ¼ agqgd�p ju
*

g�u
*

p j
lg

0.933-0.990 Wen & Yu b3 ¼ 3
4

CD
apagqg u

*
p�u

*
g



 


dp

a�2:65
g

0.990-1.00 Schiller & Naumann b4 ¼ 3
4

CD
apqg u

*
p�u

*
g



 


dp

CD ¼
24

Rep
ð1 þ 0:15Re0:687

p Þ ðRep � 1000Þ
0:44 ðRep > 1000Þ

�

Rep ¼ agqgdp u
*

p�u
*

g



 


lg
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ui ¼
arctan½150 � 1:75ðag � aiÞ�

p
þ 0:5 (1)

where, ai corresponds to the void fraction for the dividing
criteria, i.e., 0.80, 0.933 and 0.99. Thus, the gas-particle
interaction coefficient is given by

b ¼ ð1 � u1Þb1 þ u1fð1 � u2Þb2 þ u2½ð1 � u3Þb3 þ u3b4�g
(2)

Simulation Method

Simulation code and numerical algorithm

Differential equations mentioned in the previous section
are solved by a finite volume method (FVM). These equa-
tions are discretized by an upwind differencing scheme over

the used finite volume, and solved by the commercial CFD
code (FLUENT 6.2.16). The solution of the pressure from
the gas phase momentum equation requires a pressure cor-
rection equation that adjusts the pressure and the velocities
after each iteration of discretized momentum equations. In
this work, the popular SIMPLE algorithm by Patankar37 is
used for this purpose.

Each simulation is performed up to 30 s of real-time. The
time-averaged distributions of variables are computed cover-
ing a period of 25-30 s.

Simulation systems

All simulations are performed in 2-D Cartesian space. The
dimensions of the computational domain in radial and axial
directions are same to those of the actual fluidized bed in
the experimental apparatus. The structures of the simulation
system are shown in Figure 2.

Grids are created in a CAD program called GAMBIT
2.2.30 and exported into FLUENT 6.2.16. The structured
mesh is implemented with 100 � 194 grids (radial � axial).
In addition, the meshes with 40 � 89, 50 � 144, and 200 �
420 grids are also used to confirm the mesh independency.

Boundary and initial conditions

Inlet at the bed bottom is designated as Velocity Inlet
boundary conditions for both the gas and solid phases, where
the direction of gas or particle flow is normal to the surface.
The boundary condition at the top of the bed is a pressure
boundary fixed at a reference value (atmospheric). Solids are
free to leave if entrained and then return to the computa-
tional domain from the bottom inlet with a same mass flux.
Everywhere else are boundary conditions specified as Wall,
which are all set as no-slip wall boundary condition for both
the gas and solid phases.

FCC particle is used as the solid-phase. Air is employed
to fluidize FCC particles, with a density of 1.225 kg/m3. At
the bottom of the bed, the gas velocity is given. The inlet
gas velocities range form 0.2 to 0.7 m/s. Most of the CFD

Figure 2. Geometry of the simulation system.

Table 4. Simulation Parameters used in FLUENT 6.2.16

Flow type Laminar
Gas-solid model Eulerian-Eulerian,

with kinetic theory
Wall boundary condition No slip
Time step used 0.0001 s
Max. number of iterations per

time step
20

Convergence criteria 10-3

Pressure velocity coupling SIMPLE
Underrelaxation factors 0.5 for pressure, 0.4 for

momentum and 0.2
for volume and
granular temperature

Maximum solid packing volume
fraction

0.63

Discretization scheme Second-order upwind
Outlet condition Atmosphere pressure
Air density 1.225 kg/m3

Air viscosity 1.7894 �10�5 kg/(m�s)
FCC particle density 1500 kg/m3

FCC particle diameter 60 lm
Superficial gas velocity 0.2-0.7 m/s
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Figure 3. Instantaneous solid volume fractions for vari-
ous mesh resolutions (ug 5 0.5 m/s).

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]

Figure 4. Time-averaged bed density profile for various
mesh resolutions (ug 5 0.5 m/s).

Figure 5. (a) The formation and motion of bubbles in the turbulent fluidized bed (opening ratio of 100%, ug 5 0.5 m/s).
(b) The formation and motion of bubbles in the turbulent fluidized bed (opening ratio of 40%, ug 5 0.5 m/s).
(c) The formation and motion of bubbles in the turbulent fluidized bed (opening ratio of 10%, ug 5 0.5 m/s).

[Color figure can be viewed in the online issue, which is available at www.interscience.wiley.com.]
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simulations in this study are performed under the same con-
ditions as experiments.

Initially, a certain amount of FCC particles are filled
within the bed with a given solid volume fraction and bed
height corresponding to the experiment case. The initial ve-
locity of the solid-phase was set to be zero. Table 4 summa-
rizes the numerical parameters for the simulations.

Results and Discussion

Grid independency

No numerical simulation is complete without a study of
grid-size dependence. To confirm that the CFD results are
independent of the mesh size, the simulations of the system
with 40 � 89, 50 � 144, 100 � 194 and 200 � 420 grids
(radial � axial) are performed. Figures 3 and 4 show the
instantaneous solid-volume fractions and the time-averaged
axial-bed density profile at four mesh resolutions, respec-
tively. The calculation condition is 1.0 m for the initial bed
height and 0.5 m/s for the superficial gas velocity.

It can be seen that all simulations predict the correct qual-
itative behavior, such as the bed expansion and the coexist-
ing dilute and dense phases. Relative to the coarser mesh,
the fine mesh (200 � 420) case and medium mesh (100 �

194) case capture the more real flow behavior, such as the
voids and the solid phase of irregular shapes. Moreover, the
medium mesh case and fine mesh case obtain similar solid-
volume fraction distributions, which indicates that the mesh
size of 100 � 194 is sufficiently fine for providing reason-
ably mesh independent results. Therefore, the mesh size of
100 � 194 is selected as a base case and applied in the rest
of the article.

Effect of opening of the perforated distributor

The effects of the opening ratio of the perforated distribu-
tor on the flow behavior of FCC particle are investigated by
numerical simulation. The opening ratios employed are
100%, 40%, 20% and 10%. Since the 2-D structured mesh is
implemented in this work, the opening pore is uniform over
the bottom cells expect for the case of 100%. The superficial
gas velocity used is 0.5 m/s.

Figure 5 shows the formation and motion of bubbles in the
turbulent fluidized bed. It can be seen from Figure 5 that the
formation and motion of bubbles in the turbulent fluidized
are distinctly affected by the opening ratios of the inlet. In

Figure 5. (Continued)

Figure 6. (a) Axial-bed densities profile for various
opening ratios of distributors (ug 5 0.5 m/s).
(b) Axial-bed densities profile for various
opening ratios of distributors (ug 5 0.7 m/s).
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the cases of opening ratios of 10% and 40%, significant bub-
ble coalescence and split can be observed. Initially, many
small bubbles form on the gas distributor. Duo to the coales-
cence of small bubbles in the bed, bubbles continue to grow
up, and rise through the bed. When arriving at the bed sur-
face, bubbles breakup. Big or small bubbles disperse in the
bed, which are irregular and elongated. However, bubbles get
larger while their number decreases in the case of the open-
ing ratios of 40%, causing the bed expansion increases. In the
case of opening ratios of 100%, the bubbles are not as large
as in aforementioned case, and also less uniform. In addition,

the motion of bubbles is also influenced by the opening
ratios, even when the column is truly fluidized.

The predicted axial bed densities are shown in Figure 6
for various opening ratios of distributors. The superficial gas
velocities used are 0.5 and 0.7 m/s. It can be seen from Fig-
ure 6 that there is no significant difference in the average
bed density for different opening ratios of the distributor,
since the bed density is a time-average result at a given
cross-section.

The aforementioned analysis indicates that at a given gas
velocity, the lower the value of opening ratio, the easier the
formation of bubbles. The hydrodynamics in the case of
opening ratios of 10% is approximately consistent with the
experiment. Thus, the inlet configuration with an opening
ratio of 10% is used in the next simulation work.

Model Study

Comparison of the modified drag model to other ones

To study the suitability of drag laws for modeling the tur-
bulent fluidization of FCC particles, the modified drag model

Figure 7. Axial-bed density profiles predicted by vari-
ous drag models (ug 5 0.5 m/s).

Table 5. Summary of the Drag Force Models
used for Comparison

Model Drag force coefficient

Gidaspow b ¼ 150
ap 1�agð Þlg

ag dpð Þ2 þ 1:75
qgap u

*
p�u

*
g



 


dp

ag � 0:8;

b ¼ 3
4

CD
apagqg u

*
p�u

*
g



 


dp

a�2:65
g ag > 0:8;

CD ¼
24

Rep
ð1 þ 0:15Re0:687

p Þ ðRep � 1000Þ
0:44 ðRep > 1000Þ

�
;

Syamlal-O’Brien b ¼ 3apagqg

4u2
r;pdp

CD u
*

p � u
*

g




 


,
CD ¼ 0:63 þ 4:8ffiffiffiffiffiffiffiffiffiffiffiffi

Rep=ur;p

p
� 
2

,

ur;p ¼ 0:5

 
A � 0:06Rep

þ
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
0:06Rep

� �2 þ 0:12Rep 2B � Að Þ þ A2

q !
;

A ¼ a4:14
g ; if ag � 0:85, B ¼ 0:8a1:28

g ;

if ag > 0:85, B ¼ a2:65
g

Mckeen b ¼ C 17:3
Rep

þ 0:336
� �

qg u
*

p�u
*

g



 


dp

apa�1:8
g

The modified
drag model

See Table 3

Figure 8. (a) Axial-bed density profile predicted by the
laminar model and turbulent model (ug5 0.5
m/s). (b) Axial-bed density profile predicted
by the laminar model and turbulent model (ug
5 0.7 m/s).
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and other ones including Gidaspow,14 Syamlal-O’Brien15

and McKeen21 drag model are examined and compared.
These drag models are summarized in Table 5. The calcula-
tion condition is 1.0 m for the initial bed height and 0.5 m/s
for the superficial gas velocity. The predicted axial bed den-
sity profiles are shown in Figure 7.

It can be seen that the Gidaspow,14 Syamlal-O’Brien15

and McKeen21 drag model, in its original form, fails to pre-
dict the hydrodynamics of FCC particle in a turbulent fluid-
ized bed. All of them did not capture the basic characteris-
tics of turbulent fluidization regime: coexisting the dilute
and dense phases. In addition, no significant difference in
the fluidization was observed with the Gidaspow and Syam-
lal-O’Brien drag models: an underestimated bed density in
the dense phase, while an overestimated one in the dilute
phase of the bed. This should be attributed to the lack of
consideration of the effects of cohesive forces and agglomer-
ation, which results in a higher drag force. The McKeen
drag model also could not capture the dilute characteristics,
although showing a better prediction for the dense phase.

Relative to the Gidaspow,14 Syamlal-O’Brien15 and
McKeen21 drag model the modified one gives a reasonable
hydrodynamic prediction in comparison to the experimental
data of the turbulent fluidized bed, which validates the modi-
fied drag model, based on the effective mean diameter of
particles cluster together with the bed void fraction profile.
Therefore, the modified drag model is employed to investi-
gate the hydrodynamics of the turbulent fluidized bed of
FCC particles in the rest of this article.

Laminar model vs. turbulent model

The axial bed density profile predicted by the laminar
model and k-� turbulent model for both gas and particle
phases are shown in Figure 8 a and b for the gas velocities
of 0.5 m/s and 0.7 m/s, respectively. When the k-� turbulent
model is applied, the default model parameters in the FLU-
ENT software are employed.

It can be seen that no significant difference was observed
in the predicted bed density with these two kinds of flow

Figure 10. (a) Axial-bed density profile for various resti-
tution coefficients (ug 5 0.5 m/s). (b) Axial-
bed density profile for various restitution
coefficients (ug 5 0.7 m/s).

Figure 11. Instantaneous solid concentration profiles
for various gas velocities.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]

Figure 9. Axial-bed density profile predicted by differ-
ent kinetic theories (ug 5 0.5 m/s).
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model. In general, dense gas-solid multiphase flow in a bub-
bling or turbulent fluidized bed displays low Reynolds
numbers, and the effect of the turbulent behavior, and the
turbulent interaction between phases on the flow behavior is
not very strong. Therefore, both the laminar and the turbu-

lent models are suitable for predicting the hydrodynamics of
the dense gas-solid flows. Almuttahar38 found that even in
the case of high-density circulating fluidized-bed riser, a
laminar model presents a better hydrodynamics prediction
than the turbulent model. In addition, unless an appropriate

Figure 12. (a) Comparison of the predicted bed density with experimental results (ug 5 0.27 m/s); (b) comparison
of the predicted bed density with experimental results (ug 5 0.36 m/s); (c) comparison of the predicted
bed density with experimental results (ug5 0.44 m/s); (d) comparison of the predicted bed density with
experimental results (ug 5 0.53 m/s); (e) comparison of the predicted bed density with experimental
results (ug 5 0.62 m/s).
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turbulence model with the correct empirical constants and
closures is chosen, the turbulent model predictions may be
less consistent than the laminar model.

Gidaspow kinetic theory vs. Syamlal-O’Brien
kinetic theory

FLUENT software provides two kinds of kinetic theory
(the Gidaspow14 and Syamlal-O’Brien15 kinetic theory) to
calculate the collisional viscosity and kinetic viscosity part
of solids-shear stresses, and the diffusion coefficient for

granular energy in granular temperature equation. The effects
of these two kinds of kinetic theory on the predicted hydro-
dynamics in the turbulent fluidized bed are investigated. The

predicted axial bed density with these two kinetic theories is

shown in Figure 9 for a gas velocity of 0.5 m/s.

It can be seen that there are no significant difference in

the bed density predicted by the Gidaspow or Syamlal-

O’Brien kinetic theory. The Gidaspow kinetic theory, how-

ever, is helpful for the convergence, and is therefore applied

in the following simulation.

Figure 13. (a) Radial solid concentration distributions at different gas velocities (ug 5 0.27 m/s); (b) radial solid
concentration distributions at different gas velocities (ug 5 0.36 m/s); (c) radial solid concentration dis-
tributions at different gas velocities (ug 5 0.44 m/s); (d) radial solid concentration distributions at differ-
ent gas velocities (ug 5 0.53 m/s); (e) radial solid concentration distributions at different gas velocities
(ug 5 0.62 m/s).
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Effect of the coefficient of restitution

In addition to the drag force model, the flow behavior
may be influenced by inelastic interparticle collisions result-
ing in kinetic energy dissipation. The restitution coefficient
represents the elasticity of particle collisions and ranges
from fully inelastic (e ¼ 0) to fully elastic (e ¼ 1). Some
researchers reported that in the kinetic theory model there is
a degree of sensitivity to the coefficient of restitution;39 how-
ever, a different response of no significant changes21

observed in the bubbling-bed behavior and the bed expan-
sion for FCC particles at restitution coefficients from 0.6 to
0.99. This large difference in results shows the difficulty in
determining the restitution coefficient for small particles
such as FCC catalysts.

To confirm the effect of the restitution coefficient, a
comparison of the axial bed density as a function of the
coefficient of restitution is shown in Figure 10 for different
superficial gas velocities.

With decreasing the value of restitution coefficient, the
bed density of the dense phase decreases, while that in
the dilute phase increases at each gas velocity. With the
decrease of the restitution coefficient, the solid-phase shear
viscosity and solid-bulk viscosity decrease in the kinetic
theory of granular flows from the corresponding equations in
Table 2. The decrease of solids-phase viscosity improves the
fluidity of the FCC particle, resulting in more particles to be
entrained into the dilute phase.

For a low value of restitution coefficient, the predicted
bed density in dilute phase may be greater than 100 kg/m3,
which is inconsistent of the experimental data. As increasing
the restitution coefficient from 0.90 to 0.95, the coexisting
dilute and dense phase in the turbulent fluidized bed can be
correctly predicted in all cases. Therefore, the restitution
coefficient of 0.95 is used for the next simulation. The result
above also indicated that the hydrodynamics shows a degree
of sensitivity to the coefficient of restitution in a turbulent
fluidized bed.

Comparison of Simulation and Experiment

Axial bed density profile

Figure 11 shows the instantaneous solid concentration in
the fluidized bed at 30 s for various gas velocities. Figure 12
shows the comparison of average bed density in the axial
direction between the simulated and experimental results.
Predicted bed densities are drawn from the time-averaged
values over the period of 25–30 s.

Figure 11 and 12 illustrate that there exist two different
coexisting regions: a bottom dense, bubbling region and a
dilute, dispersed flow region, which is consistent with the
experiment in the turbulent fluidized bed. Moreover, the pre-
dicted bed density profile in the axial direction is in reasona-
ble agreement with experimental results.

Figure 13. (Continued)
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It can be also seen that with increasing superficial gas
velocity, the turbulence degree aggravates, and the entrain-
ment capacity of gas-phase improves. More particles are

entrained into the dilute phase region of the bed. Thus, the
height and average density of the dense phase decrease,
while the average density in the dilute phase increases.

Figure 14. Instantaneous velocity vector profiles of particle phase in the dense phase.

[Color figure can be viewed in the online issue, which is available at www.interscience.wiley.com.]

Figure 15. (a) Radial distributions of the axial particle velocities at different bed heights and gas velocities (ug 5
0.44 m/s). (b) Radial distributions of the axial particle velocities at different bed heights and gas veloc-
ities (ug 5 0.62 m/s).
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Radial solid volume fraction profile

Figure 13 shows the radial particle concentration distribu-
tions at the bed heights of 0.5, 1.0, 2.0, 3.0 and 4.0 m and
different superficial gas velocities. It can be found that solid
volume fraction decreases with increasing bed height. At
low-gas velocity of 0.27 m/s, the solid volume fractions
show high near the wall region, and low in the center of the
bed due to the effect of the wall on the gas-solid flow. The
solid-volume fraction at the wall region approximates the
maximum packing limit, which indicates a bad flow situa-
tion. The solid-volume fraction fluctuates drastically in the
radial direction, showing the effect of the split and coales-
cence of the ascending bubbles.

As the gas velocity increase to 0.36 m/s, the solid volume
fraction profile at the bottom of the bed (0.5 m) is similar to
the case of 0.27 m/s. At the bed height of 1.0 m, however,
the solid-volume fraction decreases, although fluctuating in
the radial direction. Furthermore, the turbulence of the flow
aggravates with increasing gas velocity. Solid-volume frac-
tions show irregular in the radial direction of the bed except
for the bottom zone of the bed (0.5 m).

Particle velocity profile

Figure 14 shows the transient velocity vector profiles of
the particle phase in the dense phase of the fluidized bed
(\1.5 m height). Figure 15 shows the axial particle velocity
profiles at different bed heights and gas velocities as a func-
tion of the radial position. It can be seen that particles
ascend in the center and descend at the wall region in the
turbulent fluidized bed. Such flow patterns are related to the
formation, motions and split of bubbles. Bubbles entraining
particles with them move up in the center of the fluidized
bed. When arriving at the fluidized-bed surface, bubbles
breakup and release the particles within them. Particles then
fall downward along the wall. In addition, vortex flows
appear in the local position of the bed. The flow behavior
shows turbulent disorder, resulting in the irregularity of
particle concentration in radial direction.

Conclusion

Based on the effective mean diameter of particles clusters
together with the bed voidage profile, a modified drag model
has been proposed in this article. The dynamic characteris-
tics of the gas-solids flow behavior in a turbulent fluidized
bed were investigated by the CFD method incorporating this
modified drag model. Relative to other drag models, the
modified one gives a reasonable hydrodynamic prediction in
comparison with experimental data in a turbulent fluidized
bed.

Both the laminar and turbulent models are suitable for
predicting the hydrodynamics of gas-solid flow behavior in
turbulent fluidized bed. Moreover, a laminar model presents
a better hydrodynamics prediction than the turbulent model.

The hydrodynamics shows a degree of sensitivity to the
coefficient of restitution in a turbulent fluidized bed. With a
restitution coefficient of 0.95, the coexisting dilute and dense
phase in the turbulent fluidized bed can be correctly pre-
dicted. There are no significant differences in the bed density
predicted by the Gidaspow or Syamlal kinetic theory.

Experimental and numerical results indicate that there
exist two different coexisting regions: a bottom dense, bub-
bling region and a dilute, dispersed flow region in the turbu-
lent fluidized bed. With increasing superficial gas velocity,
the height and average density of the dense phase decrease,
while the average density in the dilute phase increases.

At low-gas velocity, solid-volume fractions show high
near the wall region and low in the center of the bed.
Increasing gas velocity aggravates the turbulence degree of
the flow. The flow behavior shows turbulent disorder, result-
ing in the irregularity of particle concentration in radial
direction.
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Notation

CD ¼ drag coefficient
d ¼ diameter of particle, lm

d�
p ¼ effective mean diameter of particle, lm
e ¼ restitution coefficient
gi ¼ acceleration due to gravity, m/s2

g0 ¼ radial distribution function
h ¼ bed height, m
p ¼ pressure, Pa
r ¼ radial direction
R ¼ diameter of bed, mm

Rep ¼ particle Reynolds number
Re�p ¼ cluster Reynolds number

t ¼ time, s
u ¼ velocity, m/s
u0 ¼ instantaneous turbulent component of velocity, m/s
U0 ¼ superficial gas velocity, m/s
ut ¼ terminal velocity, m/s
u�t ¼ experimental terminal velocity, m/s
x ¼ direction coordinate

Greek letters

a ¼ volume fraction
ai ¼ void fraction for the dividing criteria
b ¼ interphase momentum exchange coefficient kg/(m3�s)
c ¼ collisional dissipation of energy fluctuation, kg/(m3� s)
np ¼ solid-bulk viscosity, Pa�s
H ¼ granular temperature, m2/s2

l ¼ solid-phase shear viscosity, Pa�s
q ¼ density, kg/m3

/ ¼ switch function
s ¼ stress tensor, Pa

CH ¼ diffusion coefficient for the energy fluctuation, kg/(m�s)

Subscripts

i, j, k ¼ direction coordinate
g ¼ gas-phase

max ¼ maximum
p ¼ particulate phase
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